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Mixing Characteristics of a Micro-Berty Catalytic Reactor 

Hasan Hamount and John R. Regalbuto* 
Department of Chemical Engineering, University of Illinois a t  Chicago, P.O. Box 4348, Chicago, Illinois 60607 

The bulk and internal gas-phase mixing characteristics of a new, smallest commercial Berty-type 
reactor (Autoclave Engineers), for use with gas-solid catalytic reactions, have been evaluated over 
a range of impeller speeds, pressures, flow rates, and catalyst particle sizes. Mixing in the bulk gas 
phase has been investigated using step change tracer experiments. These results show no measurable 
dead volume and good mixing for impeller speeds above 1000 rpm, at pressures above 100 psi and 
for all catalyst forms. The operating regime free from internal concentration gradients has been 
determined over pelleted, chunked, and powdered Ni/A1203 cat al yst s utilizing methanation of carbon 
monoxide as a probe reaction with a reactant flow rate of 8500 cm3(STP)/(g of catalystoh). Per- 
formance in each case is summarized as a function of pressure, catalyst particle size, and impeller 
speed. The results show good internal mixing at or above a pressure of 80 psi and impeller speeds 
greater than or equal to 1000 rpm. Poor bulk and internal mixing occurs at atmospheric pressure. 

Introduction 
The measurement of chemical kinetics in the absence 

of physically controlling factors is of prime importance in 
the study of gas-solid catalytic reactions. A satisfactory 
bench-scale reactor will possess a number of characteristics 
(Carberry, 1976): 

1. First is a well-mixed operation or, in other words, 
operation in the absence of temperature and concentration 
gradients, which ensures measurement of intrinsic reaction 
rates and facilitates scale-up. 

2. A satisfactory bench-scale reactor also has a small 
size, consistent with the production of accurate data in 

+Present address: Commonwealth Edison, P.O. Box 767, 
Chicago, IL 60690. 

lab-scale research. This reduces hazards and safety re- 
quirements and ensures a short system time constant, 
minimizing transient disruptions when the experimental 
conditions are changed. 

3. Next, the reactor has the capability of handling actual 
industrial catalyst. 

4. Last, it has a standard design, as far as possible, 
allowing immediate availability for a wide variety of 
chemical systems. 

A recently produced 1-in. mi cr o- Ber t y reactor (Autoclave 
Engineers) would appear to fulfill these requirements. It 
is currently the smallest volume Berty-type reactor in 
commercial production. This study was undertaken to 
evaluate its performance as a perfectly mixed, continually 
stirred tank reactor (CSTR) for heterogeneous gas-solid 
catalyzed reactions. Two regimes of mixing were inves- 
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Reactor 
tigated. First, the extent of bulk gas-phase mixing was 
determined using the stimulus response technique, which 
in this case consi st ed of inputting a step change in the feed 
concentration and comparing it to the characteristic 
washout response expected from a CSTR. The internal 
mixing in the catalyst bed of the vessel was also investi- 
gated utilizing the methanation of carbon monoxide over 
a commercial alumina supported Ni catalyst as a probe 
reaction. Arrhenius plots for this reaction revealed the 
temperature at which mass transfer of reactants becomes 
the rate-determiniing step (Carberry, 1976). Performance 
was evaluated as a function of total pressure, impeller 
speed, temperature (or degree of converstion), and catalyst 
form (pellets, chunks, and powder). Results will be com- 
pared with a larger Berty-type heterogeneous (gas-solid) 
reactor with an impeller diameter of approximately 4 in. 
(Berty, 1974). 

Experimental Section 
A schematic diagram of the flow system is shown in 

Figure la, while the reactor and its intemals are shown in 
Figure l b  and IC, respectively. The components of the 
reactor assembly are a magnetically driven stirrer fitted 
through the top flange, the reactor vessel and surrounding 
cooling coil, and the draft tube (catalyst basket) and dif- 
fuser ring. The reactor is constructed of 316 stainless steel 
and hastelloy “C” and has an inner diameter of 1 in. The 
total internal volume of the reactor (V) loaded with 1 g 
of catalyst was determined statically, that is, filling the 
reactor with a known amount of gas at a known pressure 
and temperature and calculating the volume from the ideal 
gas law. This resulted in a total volume of 31.2 cm3, quite 
a bit different from the manufacturer’s specification of 15 
cm3. For contrast, a 4-in. Berty-type reactor had an in- 
ternal volume of 670 cm3 (Berty, 1974). 

The catalyst basket has a volume of 3.6 cm3.  A gold- 
plated ring seal is used to join the reactor body to the top 
flange. Gas input and output tubes are built i nto the top 
flange. The overall configration is inverted from the most 
common Berty-type internal arrangements, with the im- 
peller at the top of the reactor vessel. Gas f l ows down the 
reactor walls and up through the catalyst bed. One gram 
of catalyst was placed into the basket sandwiched between 
glass wool. Packing on the top was necessary because of 
the inverted flow direction. The maximum preasure limit 
is 5ooo psi, maximum temperature 450 OC, and maximum 
impeller speed 5000 rpm. 

A resistive furnace and insulation enclosed in a jacket 
slides over the body and holds the cooling coil onto the 
vessel. Three thermocouples are used one between the 
heater and the vessel outer wall, one that measures the 
temperature in the catalyst bed, and a third that measurea 
the temperature in the gas above the catalyst bed. 

The nitrogen carrier gas and hydrogen (Linde) were 
purified using molecular sieve gas driers and oxygen traps 
(Alltech). The highest purities of methane, carbon mon- 
oxide, and oxygen were used without further purification. 
Copper tubing was used from the CO cylinder to the mani- 
fold system to lessen the probability of contamination with 
iron carbonyl. Bl ank reaction runs with no catalyst showed 
no measurable activity. Gas flow rates were controlled with 
a high-pressure mass flow controller (Brooks). 

A Carle 311 gas chromatograph (GC) was employed and 
interfaced to a Macintosh SE computer for the tracer 
experiments. The step consisted of switching pure nitrogen 
to pure hydrogen. The Carle GC measurements of con- 
stant-composition H,/N, mixtures were typically repor- 
ducible within 3%. The volumetric flow rate ( Q)  was kept 
constant at 12.8 cm3/min, unless otherwise specified, by 

r A  Flow Controller I tit 
Section 

Two Slags 
Purification 

TransEra Interface Box  
(7000 MDAS) 

COMPUTER Mac(SE1 
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Fi gur e 1. (a, top) Flow diagram of the reactor system with inter- 
facing. (b, middle) Reactor and stand A, hack-pressure regulator; 
B, magnedrive; C ,  outlet and inlet; D, beater and i ntend cooling 
coil; E,  bottom of reactor Ò-1; F,  thermocouples; G, reactor stand; 
H, magnedrive cooling jacket; I, bold-back wrench. (c, bottom) 
Components of reactor assembly (nickel is shown for size compari- 
son): A, magnedrive; B, magnedrive cooling jacket; C,  outlet and 
inlet; D, flange nut; E,  impeller; F, vaned catalyst basket; G, diffuser 
ring; H, reactor vessel; I , reactor cooling coil; K , thermocouples. 



1290 Ind. Eng. Chem. Res., Vol. 31, No. 5, 1992 

8 -  

6 -  

8 .  
2 .  

c 

g 4 -  

- 
- ? . .  

2 -  

0 -  

av v,, = 34. 9 cc 
100 PSlG 
2WPSlG 
303 PSlG 

0 4WPSlG 
S ONE ATM.(15sccm) 

0 A ONEATM.(45sccm) 

1 

0 2 4 6 8 10 

TIME MIN 

Figure 2. Effect of catalyst form on bulk mixing: concentration 
response vs time, for 100 psig, 3000 rpm. 

increasing the mass flow rate at  the higher pressures. The 
reactor time constant (Veff/Q) is then equal to 2.4 min; 
correspondingly the time required for concentration to be 
depleted by 50% was 1.7 min and by 90% was 5.6 min. 
Measurements were taken through 8 minutes at  one 
minute intervals. The sampling valve was manually 
switched, which introduced lag times of various lengths 
between the start of the computer GC analysis program 
and the st ar t  of the step function. This was assumed to 
be the only error source for lag time seen in the data, since 
1/16-in. tubing was used from the manifold to the reactor 
and from the reactor to the GC. 

For the reaction studies, an HP 5830 gas chromatograph 
with a Poropak column was used with an integrator and 
was not interfaced t o a computer. The reproducibility of 
this instrument was better than 2%. An 8 wt % Ni/Al,O, 
catalyst was used (Chemical Dynamics Corporation), in 
the form of +in.-diameter pellets, 20/40-mesh chunks, 
and powder greater than 200 mesh. Prior to each exper- 
iment, the catalyst was reduced in situ in flowing hydrogen 
by heating at  a rate of 5 "C/min, holding for 1 h at 230 
"C, and then heating again at  the same rate to 400 "C for 
at least 16 h as per the procedure of Bartholomew and 
Farrauto (Bartholomew and Farrauto, 1976). 

The reactor was operated isothermally using 1 g of fresh 
catalyst for every run. The ratio of hydrogen to carbon 
monoxide was 10. The reaction was carried out at a 
reactant flow rate of 8500 cm3(STP)/(h.g), and was ad- 
justed for temperature changes. The feed was composed 
only of the two reactants at  1 atm; at  higher pressures, N2 
was added such that the mass flow rate of reactants was 
always the same. Reproducibility was within 5 %  as 
checked by returning to the initial temperature after a 
series of measurements at  increasingly high temperatures 
were made. This was also evidence that iron carbonyl 
contamination was not a problem. 

Results 
I . Bulk Gas-Phase Mixing. Step-change tracer ex- 

periments were performed over a set of m a t  combinations 
of the following conditions: pressures of 1 atm and 100, 
200,300, and 400 psi; impeller speeds of 1000,2000,3000, 
and 4000 rpm; and catalyst forms of pellets, chunks, 
powder, and an empty catalyst basket. A number of dif- 
ferent volumetric flow rates were also tested. Repre- 
sentative plots from these results are shown in Figures 2-9, 
to illustrate the effect of individual parameters on bulk 
gas-phase mixing behavior. 

Effect of Catalyst Form. In Figure 2, effluent re- 
sponse is plotted for 3000 rpm impeller speed,  at a pressure 
of 100 psig, with catalyst particle size as the parameter. 
These figures are representative of runs at  all other 
pressures. A plot of - I n (C/Co) v8 time gives a straight line 
with the slope equal to Q/ V,, where Q is volumetric flow 
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Figur e 4. Effect of impeller speed on bulk mixing: concentration 
response vs time, for pellets, 300 psig. 

rate and Veff is the effective volume of the reactor. The 
slope of the empty basket is conspicuously lower than that 
for the catalyst-containing experiments. The effective 
volume, calculated from all of the experiments which 
contained catalyst in some form, was 31.5 cm3 (individual 
values deviated by 610%). The volume calculated from 
the average slope of the empty reactor was 34.9 cm3. The 
difference between the two effective volumes is 3.4 cm3, 
which is in good agreement with the volume of the catalyst 
basket, 3.6 cm3. Because only a portion of the catalyst 
volume is actually solid, this may infer some stagnation 
in the catalyst bed. This question is fully explored in the 
next section. 

The good agreement between dynamic volume meas- 
urements (31.5 cm3) and static volume (31.2 cm3) meas- 
urement indicates that the reactor has no measurable dead 
volume at  or above a pressure of 100 psi. A small per- 
centage of dead volume cannot be excluded, however, given 
the small size of the reactor and the degree of experimental 
uncertainty. A 4-in. reactor (Berty, 1974) did have a dead 
volume of about 6%. 

Effect of Pressure and Flow Rate. Figure 3 shows 
representative effluent responses for a loaded catalyst bed 
(pellets), at  2000 rpm impeller speed, with pressure and 
flow rates as parameters. To compare the data for the 
several different flow rates, the normal concentration re- 
sponse function, - I n (C/Co) ,  was multiplied by V/Q, where 
V was taken as the total static volume. The standard 
volumetric flow rate was used for the run at 100 psig; the 
mass flow rate was kept constant for the higher pressure 
runs. The curves at  all pressures greater or equal to 100 
psig possess very nearly the same slope of unity. Thus, 
mixing appears to good at  or above a pressure of 100 psi. 
At 1 atm, however, the slope of the response differs widely 
from the higher pressure values and fluctuates with flow 
rate. Therefore, mixing of the bulk gas phase is not perfect 
at  1 atm. 
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Figure 5. Effect of impeller speed on internal mixing: Arrhenius 
plot for 100 psig, powdered catalyst. 

- 1 1  1 
+ POWDER 

8 CHUNKS 

+ PEUETS 

- 17 I 
0. 001 8 0. 0020 0. 0022 

1 l l  
Figure 6. Effect of particle size on internal mixing: Arrhenius plot 
for 100 psig, 4000 rpm. 

Effect of Impeller  Speed. Figure 4 shows effluent 
response w time for a loaded basket (pellets), at a pressure 
of 300 psi, with impeller speed as a parameter. Again, this 
figure is representative of all runs at different pressures 
and catalyst forms. The responses of impeller speeds at 
and above 1000 rpm all exhibit the same slope, and the 
effective volume from the average of the slopes is again 
32 cm3. 

11. Internal Mixing. Effect of Impeller  Speed. 
Using the powdered catalyst, the impeller speed effect on 
reaction rate is shown in Figure 5. The reaction rate is 
plotted vs reciprocal temperature for chunked and pow- 
dered catalysts at 100 psi. This figure is representative 
of the runs at all other pressures and catalyst forms. The 
impeller speed has no appreciable effect when conversion 
is less than 10%. (Here, a conversion of 10% gives a value 
of the rate of reaction equal to 9.6 X lo-' mol/(s-g of 
catalyst).) However, reaction rate increases with impeller 
speed at higher conversion (1/T values less than about 
0.002). This is indicative of external mass-transfer limi- 
tations. In these plots there is an slight upward bow in 
data because the reaction order was not taken into con- 
sideration in plotting the data, and an appreciably high 
degree of conversion was obtained. The bow upward 
agrees with the reported negative power dependence of CO 
concentration on the methanation reaction (Underwood 
and Bennet, 1984; Vannice, 1976). 

The activation energy calculated from this and the 
following Arrhenius plots at conversions less than 10% is 
approximately 27 kcal/mol, in good agreement with values 
reported in the literature (Bartholomew and Farrauto, 
1976; Vannice, 1976). 

Effect of Catalyst Form. An Arrhenius plot is made 
for 100 psi and 4000 rpm in Figure 6. There is no sig- 
nificant effect of particle size (in the size range investigated 
in this study) on the rate of methane formation at con- 
version less than 10%. The rate is slightly higher for the 
chunked catalyst, and slightly lower for the powdered 
catalyst. External mass-transfer limitations are again 
apparent at 1/T values below 0.002. 

-w- ATM. 

8 100 PSlG 
* t i n a a  

8 . 8  -a- 280 PSlG i '  
+ 440 PSlG .. 

e 
1 .  

0 

. .  , 
0. 001 8 0.0020 0.0022 

1 IT 
Figure 7. Effect of pressure on internal mixing: Arrhenius plot for 
chunked catalyst, 1000 rpm. 
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Figure 8. Measured reaction rate vs total pressure for chunked 
catalyst, 4000 rpm. 

Effect of Pressure. The effect of increasing the total 
pressure on the reaction rate is shown in Figure 7 for the 
c h d e d  catalyst and at 10o0 rpm. At 1 atm, the diffusion 
limitation plateau is reached much sooner than at the other 
pressures. At intermediate temperatures, the reaction rate 
is actually higher than the higher pressures, which is 
characteristic of poor heat removal and an effectiveness 
factor greater than 1 (Carberry, 1976). 

The minimum operating pressure free from mass- 
transfer effects was determined by measuring the reaction 
rate as function of reactor total pressure at constant space 
velocity of reactants. The results, reaction rate w pressure, 
are plotted in Figure 8. The rate increases with pressure 
up to 80 psig but then remains constant. From this simple 
experiment it can be concluded that 80 psig is the mini- 
mum pressure at  which intrinsic kinetic data can be 
measured. A minimum operating pressure of 45 psig was 
recommended for the 4-in. reactor (Berty, 1974). 

Finally, Figure 9a and Figure 9b show the maximum 
intrinsic rate (free from mass-transfer effects) as a function 
of impeller speed at total pressures of 100 and 280 psi, 
respectively. These values were chosen somewhat sub- 
jectively as the highest point on the straight section of the 
Arrhenius curve before the diffusion limitation plateau. 
The maximum intrinsic rate is slightly higher for chunks 
than other forms. The range in the maximum rate is from 
9.2 X lo-' mol/(s.g) at lo00 rpm, 100 psig, and chunked 
catalyst, to 5.1 X lo+ mol/(s-g) at 4OOO rpm, 280 psig, and 
chunked catalyst. 

Discussion 
Both sets of experiments show poor mixing at atmos- 

pheric pressure regardless of the flow rates or impeller 
speeds. Good bulk mixing is attained at and above pres- 
sures of 100 psi. While no direct measurement of the 
internal recycle ratio was made, the reaction studies in- 
dicate that internal mixing is good as well above pressures 
of 80 psig. The agreement between static and dynamic 
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volume measurement signifies that there is no dead volume 
in the reactor. 

Poor mixing in the gas interphase leads to poor heat 
removal at  atmospheric pressure. The lowest pressure at  
which the intrinsic rate could be measured was 80 psig. 
There was no appreciable effect of impeller speed on 
conversion lower than 10% ; however, higher impeller 
speeds allow for a significantly greater span for measuring 
the intrinsic rate. Catalyst particle size has a relatively 
small effect on the maximum measurable rate. 

Temperature measurement across the catalyst bed and 
in the gas phase surrounding the basket showed a differ- 
ence of 1 O C  or no difference at al l  at the highest agitation 
speeds. Calculation of concentration and heat gradients 
in the pellet form of the catalyst at 204 "C showed less than 
1% difference between bulk and surface concentration and 
a surface temperature 1.8 " C higher than the bulk tem- 
perature a t  the same conditions (Hannoun, 1989). 
Moreover, the agreement between reported values of ac- 
tivation energy and calculated values from Arrhenius plots 
also indicates isothermal operation at conversion less than 
10%. 

Thus the reactor proved to be suitable for an appreciably 
exothermic reaction at significant reactant flow rates. The 
maximum heat removal rate, based on the maximum in- 
trinsic reaction rate of 5.1 X lo4 mol/(s.g) and a heat of 
reaction of 59 kcal/mol for methanation, is 0.3 cal/(sog). 
The reactor might be used for a variety of other reactions 
as long as the heat production rate is below this value, and 
the fluid characteristics such as viscosity and heat capacity 
are approximately equivalent. The smal l  sue of the reactor 
permits relatively small amounts of catalyst to be used (1 
versus 20 g for a 4in. reactor (Berty, 1974)). The minimum 
operating pressure is slightly higher (80-45 psig) than the 
larger model. 

In conclusion, Autoclave Engineer's micro-Berty gas- 
solid reactor has been found to be free of appreciable dead 
volume, has an effective volume of about 31 cm3 with 
loaded catalyst and an internal gas volume to catalyst 
volume of approximately lO: l ,  and is gradientless in both 
the bulk and internal catalyst gas phases at  pressures 
greater than 100 psig. Gradientless behavior is only a weak 
function of impeller speed and only a slightly stronger 
function of catalyst form. 
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